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Executive Summary

This report is part of an ongoing project to design a process to produce ethylene and NGLs from shale gas. The inlet raw shale gas is taken from the Barnett Shale site in
Texas with an inlet flow rate of shale is 171,200 kg/hr. The design would be implemented in Johnson County, TX, which is nearby the shale site. The Barnett shale contains
about 17% ethane, which we seek to separate from the inlet gas and convert into ethylene via steam cracking. Additionally, because the shale contains significant amounts of
other hydrocarbons, natural gas, propane, and NGLs will be recovered from the shale to be sold.

The proposed design consists of six main sections which were modeled in HYSYS: acid gas removal, dehydration, fractionation train, hydrogenation reactor, ethylene
splitter, and steam cracking. The acid gas removal section uses Diethylamine (DEA) to remove the CO2 from the raw shale gas. The DEA is fully recovered, thus no make-
up stream is required, and the CO2 content is reduced from 0.66 to 0.04 mol%. The purpose of the dehydration section is to remove all of the water from the shale before it
is sent through the fractionation train, as water will freeze due to the low temperatures in this section. Triethylene glycol (TEG) is used to absorb water from the gas, reduce
the water content from 2.44 to 0.01 mol%. TEG is then partially recovered and recycled. The fractionation train consists of 4 distillation columns. The first is the
demethanizer, which yields a methane-rich tops that is sent to a second distillation column to purify methane for sale, and the bottoms is sent to the third column, the
deethanizer. The deethanizer ethane-rich tops is sent on for further processing, while the bottoms is sent to the fourth column, the depropanizer, with yields a propane top
stream and an NGL bottom stream. The next section is the hydrogenation reactor, into which the tops of the deethanizer is fed to selectively hydrogenate acetylene, which is
an impurity from the cracking reactor, into ethylene and ethane, reducing the content of acetylene in the gas from 100 ppm to 4 ppm. Next, they hydrogenated gas proceeds
to an ethylene splitter which separates ethylene for sale, methane to recycle, and ethane which proceeds to the final section, the cracking reactor. The cracking reactor
operates at about 820C and converts ethane to ethylene, with the cracked gas containing 48% ethylene. The cracked gas is then quenched and recycled for purification.

This discussed design results in the following product streams: 26,600 kg/hr of >98% purity ethylene , 6,300 kg/hr of 94% pure hydrogen, 68,600 kg/hr of 96% pure
methane, 30,600 kg/hr of 97% pure propane, and 38,200 kg/hr of NGLs, which is 72% butane and 26% pentane. The total profits from the sale of these products surmounts
to about $328 million annually. The annual cost of this design includes the cost of purchasing feeds, offsite organic waste treatment, utilities (determined from Aspen Energy
Analyzer), labor, and other miscellaneous costs. This annual cost is $250 million. Additionally, the total capital cost, determined from estimated equipment sizes as well as
added contingency for piping and other fixtures, sums to $120 million. From these costs, the design has a 10 year NPV of $547 million, a payback period of 3 years and an
internal rate of return (IRR) of 72%. These calculations indicate a profitable design that should be pursued. However, this design and the resulting calculations should be
refined with additional researching and alternatives beyond what is presented in this report.
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Introduction

This report summarizes a project to design a process to produce ethylene and NGLs from shale gas. The production of ethylene is desirable because ethylene is a valuable
product in the production of polymers, chemicals and other consumer products. In this final report, the design and simulation in HYSY'S are discussed in detail. In addition,
the rationale behind the selection of the specific technology chosen for the design is provided. The objectives when choosing specific technology were to maximize
efficiency and conversion while minimizing capital and operating costs of the facility. Finally, an economic analysis was conducted, including capital costs, variable costs
and fixed costs analyses with an overall NPV calculation. Additionally, a sensitivity analysis was conducted to determine the effect of certain design tradeoffs and changes in
market pricing.

Technical Approach

The inlet to the process is raw shale gas that is taken from the Barnett Shale site in Texas (specifically, shale gas extracted from well C1 of the Newark East field). The inlet
flow rate of shale is 171,200 kg/hr and the composition of this raw shale gas is shown in Table A.1 of the appendix (American Petroleum Institute, 2011). It is assumed that
there is little to no sulfur in the raw shale gas. The plant will be located nearby in Johnson County, Texas. This location is near the extraction site of the Barnett shale gas to
avoid large transportation distances and costs but far enough away from the Dallas-Ft. Worth area to ensure adequate land availability and privacy.

While ethylene is the only product chemically produced, hydrogen, methane, propane, and NGLs are recovered in the process and can be sold. To be sold, the following
purities must be met or exceeded: 98% pure ethylene, 90% pure hydrogen, 95% pure methane and propane, and 95% purity NGLs (Ethylene Gas Specifications, 2014 and
Keller, 2012). Thus, the approach taken in the development of this design is to take raw inlet shale, refine it to separate out methane, ethane, propane and NGLs and then use
the ethane to produce ethylene via steam cracking. Further processing and refinement also leads to the recovery of hydrogen (an input added to the hydrogenation reactor
and produced in the steam cracking process).

Design Summary

Overview

The proposed design consists of six main sections: acid gas removal, dehydration, fractionation train, hydrogenation reactor, an ethylene splitter and steam cracking (refer to
Appendix B for the process flow diagram). Carbon dioxide must first be removed from the inlet shale gas in the acid gas removal section. This is accomplished using an
absorption column. The resulting shale gas is termed “sweet gas”. The sweet gas is then mixed with cracking gas from another part of the plant before it is sent to another
absorption column so that water can be removed. This dehydrated stream is then sent onto the fractionation train, where it is cooled then sent through a series of cryogenic
distillation columns to separate out methane, ethane, and propane. The methane stream is further refined to separate out methane from light gases (H2, O2, and N2). The
ethane stream continues on to the rest of the process. It contains a small amount of acetylene (a product of the cracking reactor) which is removed in a hydrogenation reactor.
After the acetylene is removed, the stream is then sent to another cryogenic distillation column, the ethylene splitter. The splitter recovers methane which is recycled back to
the demethanizer. Additionally, a side draw separates out ethylene which is to be sold. The remaining stream, consisting mostly of ethane, is fed into a cracking reactor with
steam to produce ethylene. After exiting the reactor, it is quenched to stop the reaction. This stream is then recycled and combined with the sweet gas so that it can be
purified.

HYSYS Simulation

The design described above was simulated in Aspen HYSY'S to determine necessary stream specifications, required utilities and sizing information for the various pieces of
equipment for this process. A picture of the setup in HYSYS and details of the HYSY'S results, including stream and equipment specifications, can be found in Appendices
CandD.

The fluid package used for the main case of the simulation was Peng-Robinson (PR) which was chosen because it is most compatible with hydrocarbons (National Technical
Institute of Athens). However, PR is not compatible with the absorbent, diethylamine (DEA), that is required in the acid gas removal portion of the process. Thus, it was
necessary to simulate the acid gas removal (CO2 absorption column & DEA recovery distillation column) in a sub-flowsheet that utilizes the amine fluid package (National
Technical Institute of Athens). All other processes were simulated within the main case.

Acid Gas Removal

The first step in the process is the removal of carbon dioxide from the inlet shale gas. This is done with an absorption column with DEA as the absorbent. The inlet shale gas
is fed into the absorption column, T-100, at a flow rate of 171,200 kg/hr, at 6900 kPa (1000psi) and around 50C (Transform Software and Services). The composition of the
inlet shale is shown in Table 1 of the Appendix A (American Petroleum Institute, 2011). Recycled aqueous diethylamine is fed into the column at similar temperature and
pressure (Oli Systems, Inc.). The vapor exiting the top of the column is the shale gas without CO2 and comes out the column at 170,000 kg/hr, with a temperature of around
55C and pressure of 6700 kPa. The absorber reduces the CO2 component fraction in the shale gas from 0.66 to 0.04 mol%.

The bottoms, the spent DEA, exit from the column at 32,400 kg/hr at a temperature around 50C and pressure of 6800 kPa. The spent DEA is sent through a distillation
column, T-101, in order to regenerate the DEA and minimize material cost. However, the pressure of the spent DEA must first be brought down to 202 kPa for distillation to
be viable.7 The distillate is CO2 vapor and the bottoms are recovered DEA. The bottoms are mixed with 900 kg/hr makeup water to compensate for water loss in the tops,
pumped back up to 6895 kPa, and then reenter the absorption column. All of the DEA is recovered. The distillation column reduces the CO2 component fraction in the DEA
stream from 4.73 to 0.93 mol%.

Dehydration

After exiting T-100, the sweet gas is mixed with the recycled cracking gas and fed into the dehydration absorption column, T-102, along with triethylene glycol (TEG) to
absorb the water. The gas comes in at a rate of 271,000 kg/hr and the TEG at a rate of 39,800 kg/hr, both with a temperature around 53C and pressure of 6700 kPa. T-102
reduces the water component fraction of the sweet gas from 2.44 to 0.01 mol%. The distillate of T-102 is the dehydrated gas and the bottoms is the spent TEG. The
dehydrated gas exits at 266,000 kg/hr at a temperature of 57C and pressure of 6550 kPa.
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The spent TEG comes out at a rate of 45,100 kg/h, with a temperature of 58C and pressure of 6650 kPa. The pressure of the TEG is then reduced to 400 kPa and the
temperature is increased to 150C in order to prepare it for distillation.8 The amount of water in the TEG stream is reduced from 49.16 to 1.03 mol%. The tops of T-103 is
mostly water vapor and the bottoms is the recovered TEG that is then cooled, mixed with additional pure TEG to compensate for losses in the overhead, and then pumped
back up to pressure before being recycled into absorption column T-102. Although these temperature and pressure changes require excess energy, recovery of TEG using
distillation is only viable at the lower pressure and higher temperature specified above in order to prevent the degradation of TEG (Nivargi, Gupta, Shaikh and Shah, 2005).

Fractionation Train

After the dehydration process the gas is sent through the fractionation train, which is a series of distillation columns used to separate out the various hydrocarbons in the
stream. The HYSY'S simulation was modeled after a combination of the industry standard single stage (ISS) process and gas subcooled process (GSP). After dehydration,
the stream is first cooled from 57C to -10C to prepare the stream for fractionation distillation. This causes the heavier components of the inlet gas to become liquid and
lighter components to remain gas. This gas/liquid stream is fed into a flash separator (F-100), which separates the the heavier hydrocarbons from the lighter components.
The gas stream that leaves the top of the flash separator is fed into a turboexpander (C-100) for further cooling. The liquid stream that leaves the bottom of the flash
separator is further cooled through a cooler (E-108) and a Joule Thompson Valve (V-102). Both the streams enter the demethanizer column (T-104) along with a recycle
stream from the ethylene splitter. It should be noted that the methane recycle is fed into a low stage, the liquid stream is fed into a higher stage, and the vapor stream is fed
into the highest stage in order to maximize separation of ethane and the NGLs.

The demethanizer is a cryogenic distillation column. The distillate is a combination of methane and the lighter gases such as hydrogen, oxygen, and nitrogen gas. This
stream is then sent to another distillation column (T-105) that contains 10 trays to separate the light gases from the methane. The distillate from T-105 contains 6% nitrogen
and 88% hydrogen while the bottoms product has a composition of predominantly methane (98%). Both of these streams can be sold as products.

The bottoms of the demethanizer is predominantly composed of ethylene (41%), propane (13%) and ethane (35%). This stream is sent to the deethanizer, another distillation
column (T-106). The distillate from the deethanizer has a composition of 54% ethylene and 46% ethane and is sent onto the hydrogenation reactor (R-100) while the bottoms
contains approximately 53% propane, 35% butane and 11% pentane and is sent to the depropanizer (T-107). The bottoms of the deethanizer go through a valve which reduce
the temperature from 120C to 64C and reduce the pressure from 2850 kPa to 1300 kPa. This stream is then sent into the depropanizer. The depropanizer contains a distillate
product of predominantly propane (97%) and a bottoms product of 24% pentane and 73% of butane.

Hydrogenation Reactor

The tops coming from the deethanizer column contains mostly ethane and ethylene along with smaller amounts of methane and acetylene (specific compositions can be
found in Table E.2). This stream is intended for further separation to remove the ethylene product, but acetylene must first be removed, as it cannot be in the final product
(Lee, 2004). To remove this acetylene, a hydrogenation reactor with a palladium catalyst is used to selectively convert the acetylene to ethylene and ethane. This catalyst was
chosen because of the high selectivity for and conversion of acetylene combined with a low conversion of ethylene to ethane (Lee, 2004)

The tops of the deethanizer has a flow rate of 127,000 kg/hr and contains 100 ppm of acetylene. Before entering the hydrogenation reactor, the stream is first sent through a
valve (V-103) to reduce the pressure to around 11 bar and then heated (E-113) to 20C. This is done because the reactor must operate at lower pressures and higher
temperatures than the fractionation train ( In addition to the ethane mix stream, 1,410 kg/hr of pure hydrogen is added to allow the reaction to occur. The dehydrogenation
reactor was modeled using a conversion reactor in HYSY'S. There are two reactions in the reactor: acetylene to ethylene, which has a conservative 90% conversion, and
acetylene to ethane, which has a 5% conversion (Khan, Shaikhutdinov, Freund, 2006). The reactor is extremely exothermic with a duty of -100 kJ/hr and is assumed to run
isothermally (Table D.4 in Appendix D contains details on the specific reactor conditions and conversions). Note that the energy produced in the reactor can be used to heat
water or steam, which can then be used to heat the inlet stream of the reactor. The outlet stream is vapor at 17 C and 655 kPa with a flow rate of 128,000 kg/hr and an
acetylene content of 4 ppm. This stream contains 42.5% ethylene, the desired product, and is cooled then sent to the ethylene splitter.

Ethylene Splitter

After exiting the dehydrogenation reactor, the product stream is cooled to -80C. It is then fed into stage 15 of a 17-tray distillation column. This stream is fed in at such a low
stage in order to maximize the purity of the ethylene recovery. Ethylene is removed from a liquid side draw at tray 2 at at rate of 28,100 kg/hr and a purity of 98.9%. This is
above the desired 98% purity specified in the design basis. Because this stream emerges as a cold liquid at around 10 bar, it can then be transported and sold immediately
without any additional treatment (Praxair). The distillate of this column is a vapor consisting mostly of methane and hydrogen. This stream is compressed back up to 3000
kPa, cooled to -50C, and then recycled back into the inlet of the demethanizer. The bottoms of the ethylene splitter consist of 38% ethylene, 62% ethane, and <0.5%
propane. This stream is then sent to the cracking reactor.

Steam Cracking

After the ethane leaves the ethylene splitter, it is fed into a cracking reactor along with steam to dilute the ethane stream and prevent carbonization. The cracking reactor is
comprised of three sections. The first two sections are used to increase the ethane temperature with convection coils to around 650C and to introduce the steam (Sims, 1999).
The third section is the radiative section where the gas enters tubes which are then exposed to radiant heat to rapidly bring the temperature of the ethane up to around 820C
to induce cracking, which occurs for less than a second (Gao, Wang, Ramshaw, Li and Yeung, 2009).

The reactor is modeled as a PFR (R-101) in HYSYS. Before entering the cracking reactor, the inlet is heated to 825 C using HPS (E-121) and passed through a valve (V-
105) to reduce the pressure to 300 kPa because steam cracking must occur at high temperatures and low pressures in order to be effective (Sims, 1999). This stream then

enters the reactor along with 12,600 kg/hr of steam at 300 kPa, to dilute the hydrocarbon stream and prevent coking. The reactor is modeled using the five reactions as listed
below. The exact parameters for these reactions can be found in “Modeling of Thermal Reactor Kinetics” by Sundaram and Froment (Sundaram and Froment, 1997).

Equation 1: (5 Hg = CyH, + Ho

Equation 2 : 2Cy Hg — CyHy + C Hy
Equation 3 : 'y H; = Cy Hy + C'H,
Equation 4 :2C, H, + Co Hy — CyHg
Equation 5: 2C, H, + Cy Hy — C3Hg + C'H,

The extent of each of these reactions can be found in Table B.5. Overall, ethane goes from 58% in the inlet stream to 18% in the outlet (after quenching) while ethylene
increases from 35% to 48%. The reactor operates isothermally and therefore must be heated with high pressure steam. The duty required for the reactor is 1.22E8 kJ/hr.
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After exiting the reactor, the product is cooled to 400 C in a heat exchanger (E-122) then mixed with cooling water in a quencher. In HYSY'S, the quencher is modeled with

a distillation column, allowing both the temperature changes and the contact between the water and inlet to be modeled.The bottoms from this column is waste water, which
is sent for off-site treatment. The distillate is then compressed (C-102) back up to 6750 kPa and cooled to 50 C (E-125) before being recycled and mixed with the inlet to the
dehydration section to undergo purification.

Process Optimization

The process was optimized in several ways in order to minimize total cost. The reflux ratio and number of trays in each of the distillation columns were optimized to reduce
the capital cost of the column while still meeting the required purity specifications. Utility usage was minimized by operating at each column at as high of a pressure as
possible in order to increase the boiling point temperatures, and thus reduce the condenser and reboiler duties.

Several recycles were put into place to help optimize the process. In the acid gas removal and dehydration sections, distillation columns were added to regenerate the
solvent. The solvent was then recycled back into the main absorption column in order to reduce variable costs. In the acid gas removal section, 100% of the solvent was
recovered and in the dehydration section, around 99% was recovered. A recycle was also implemented from the outlet of the steam cracking section back into the main
process immediately before the dehydration section. This helps the process in several ways: it allows unreacted ethane to be sent back through through the cracker, sends
acetylene through the hydrogenation reactor in order to create additional ethylene, and allows heavier hydrocarbons created during cracking to be separated out in the
fractional train.

Process Alternatives

Acid Gas Removal

There are several other ways that acid gas removal can be accomplished. A physical absorption process can also be used such as the Purisol process. However, this idea was
not chosen because it can also absorb hydrocarbons, reducing the overall recovery (Klinkenbijl et al., 1999). Given that we decided upon a chemical absorption process,
there were several solvent options. One of the most common options for acid gas removal is to use the Shell Sulfinol process (Klinkenbijl et al., 1999)(Shell Global
Solutions, 2012). While this simplifies the actual process, it is not possible to model in HYSYS. Therefore, a more common amine was chosen for this design. DEA was
chosen over other possible absorbents such as MEA because it is often more appropriate when there is no H2S present in the system. It also is less corrosive and degrades
slower than other solvents (Dow, 1998).

Dehydration

Several alternatives to absorption were considered for the dehydration process. Options include using pressure swing absorption, condensation, or a molecular sieve (Forde,
2008). While all of these are viable processes, absorption with TEG was chosen because it can adequately remove the amount of water needed and is easier to simulate in
Aspen HYSYS. While other solvents besides TEG are available, TEG is the most common choice and generally is effective (Forde, 2008).

Fractionation Train

An additional flash separator can be added to the process to make it a complete GSP process. Although this gives about a 95% recovery of ethane, the costs associated with
the use of this extra cryogenic technology greatly outweighs the benefits (Getua et al., 2013). Another alternative is the cold residue gas recycle (CRR) process. This process
additionally requires compressing of the top vapor coming off of the demethanizer. This allows for a higher ethane recovery, 99%, because there is an ethane-free reflux,
thus ethane is retained in the liquid phase within the column, instead of the vapor phase (Getua et al., 2013). However, because of the presence of this extra cryogenic
compressor, the cost again far outweighs the benefits of a small increase in the recovery of ethane. Therefore, the process modeled was primarily based upon the ISS
process.

Absorption, utilizing an absorbing oil, is an alternative to cryogenic recovery of NGLs. It can recover up to 40% of ethane, 90% of propane, and almost 100% of the heavier
components. The gas enters an absorption column and reacts with the absorbing oil. The heavier hydrocarbons leave the bottom of the absorption column while methane
leaves through the top. However, the heavier hydrocarbons are easier to recover - and because ethane contains light hydrocarbons, the recovery of ethane in the oil is low.
The methane-rich gas leaving at the top of the absorption column is sent through a scrubber to recover any heavier hydrocarbons that may have left with the methane. The
liquid that left the absorption column is sent to a distillation column to separate the absorbing oil to be recycled from the NGLs to be condensed and sold. This method is an
economical alternative to using cryogenic separation but is not practical to use in this process, since it will only give half of the recovery of cryogenic separation.

Separation of Methane and Hydrogen

Instead of using cryogenic separation to separate methane from the hydrogen, another option would be to use pressure swing adsorption (PSA). PSA operates under high
pressures and an increase in pressure is directly related to an increase in gas being adsorbed. Hydrogen is more volatile than methane and has low polarity, which makes it
non-adsorbable when compared with methane. The absorbent that is sent through the column is typically activated carbon, silica gel, alumina and zeolite (Gas Separation
Technology LLP., 2013). The methane is captured in this porous material and a high recovery of hydrogen and methane is then achieved. However, in order the methane
stream to have the required purity under this arrangement, nitrogen must be removed earlier in the process in a nitrogen rejection step that can be conducted by PSA or
cryogenic separation.

Another option is to use membrane distillation, which is separation based on phase changes. The vapor (in this case, hydrogen) moves across the membrane by the pressure
difference and the hydrogen and methane will be separated. However, this method is not employed because additional mass transfer resistance is created and heat is lost by
conduction as compared to other methods (Alkhudhiri et al., 2012). Additionally, a nitrogen rejection step would also be required for this process to meet the methane purity
specifications.

Hydrogenation Reactor

The hydrogenation reactor can utilize a variety of alternative catalysts, such as a nickel-based catalyst. This catalyst is generally used for feeds which contain large amounts
of sulfur, as they do not get damaged as easily as palladium in the presence of sulfur (Lee, 2004). However, because the nickel-based catalyst has lower conversion rates and
because the shale gas we are feeding into the system does not contain sulfur, the palladium catalyst was chosen.
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A process alternative is to use a solvent to scrub the acetylene out of the stream. This process requires the use of three towers, the first to absorb acetylene into the solvent,
the second to reject any ethane or ethylene that was co-absorbed and the third to desorb acetylene so that the solvent can be recovered (Lee, 2004). This process is generally
used for the recovery of acetylene so that it can be sold as a product. This alternative was not chosen because the amount of acetylene being removed is not large enough to
make recovery profitable. Additionally, this process requires increased capital costs.

Steam Cracking

There are a variety of alternative configurations of the steam cracking reactor. One alternative is to have a cracking reactor similar to the three section reactor described in
the design section but will also contain an additional section after the radiant zone, called an adiabatic reactor, so that the cracking reaction can continue further (Woebcke,
1993). The purpose of this section is to enhance the conversion rate of the cracker and minimize the heating utilities necessary. However, this alternative increases capital
cost and is therefore not used.

Another process alternative is to crack both the ethane and propane from the shale into ethylene. This type of system would require that ethane and propane be cracked
separately, as joint cracking is shown to suppress the formation of ethylene (Sims, 1999). Thus, there is a series of furnaces where an ethane-rich stream enters one side and
a propane-rich stream enters the other, with the central furnaces cracking a mixture of the two feedstocks. Because of the high capital cost of this system and the low propane
content of the shale, this method was not chosen.

Economic Analysis

Capital Costs

The total capital cost of the plant sums to $119,741,168.46. This value includes the cost of equipment as well as installation

costs (calculated using Hand’s Method), miscellaneous costs for piping, tees, storage tanks, and other fittings. A 25% "':::‘::::‘“fc"""m
contingency cost was added to the cost of vessels to account for the cost and installation of vessel heads. Materials of m™ N
construction was also an important consideration in the calculation, as the demethanizer and the ethylene splitter required

austenitic stainless steel due to low temperatures. For each of the columns, diameter was determined by the tray sizing or

pressure vessel sizing utilities in HYSYS, the height was determined by calculating the number of trays and a thickness was Miscellanous Costs
calculated on checalc.com, based on design temperature and pressure. Knowing these measurements, a volume can be

calculated and using the density of the material of construction, equation 6 is used to calculate cost of material. ot sl ek
Equation 6 : (' = @ + b + S™ (Towler et at., 2013) ]
Figure 1 depicts the breakdown of total capital costs. The distillation columns contained a large percentage of the capital costs Peactons sad

because the demethanizer and ethylene splitter required cryogenic technology. Other notable expenses included miscellaneous 14% B
costs (about a 17% contingency cost of the total capital cost), reactors and separators (14%) and coolers and heaters (16%). . Campressars

™

Figure 1: Breakdown of Total Capital Costs

Energy Usage
An important aspect of the plant is the energy usage. In order to determine energy usage of the plant, the heat exchanger areas
m‘""’”“""“':::rwml of the condensers, reboilers, coolers and heaters must be calculated. To do so, Aspen Energy Analyzer was used, calculating
’ heat exchanger areas ranging from 4.5 to 10,000 m2 (for a more comprehensive list of heat exchanger areas, refer to Table
Oetrpsration

™ D.8). The size of the smaller areas were due to the more simple tasks of cooling and heating. However, for areas that ranged
from 7000-10,000 m2, these heat exchangers were large because some streams needed to be cooled to extremely low
S temperatures for cryogenic separation, which required more energy and thus, required a larger heat exchanger area.
| 3a%
Figure 2 displays the breakdown of energy usage, including heat exchangers, condensers, pumps, and other equipment. The
% areas with the highest energy usage are the cracking reactor with the quencher (34%), the fractionation train (32%) and
ethylene splitter (26%). The high cracking reactor energy usage is as to be expected because it requires very high
temperatures. The fractionation train and ethylene splitter require a lot of energy because both of these systems contains
J e cryogenic separation.

Hydrogenatian
Reactor
1%

Figure 2: Breakdown of Energy Costs

Fixed and Variable Costs

Table E.2 in Appendix E lists the variable costs and profits. Variable costs consist of the price of inlet streams, treatment of the waste streams and utilities. The inlet streams
are shale gas, TEG for the dehydration section, hydrogen for the hydrogenation reactor, and water. The prices of these inlets were determined from market values or best
available estimates (EIA- Natural Gas Weekly Update)(NREL)(Alibaba)(Shanbhag et al.). The cost of waste treatment corresponds to the estimated amount for offsite
treatment of organic waste (Northwestern University ChE 351 notes). Utilities are comprised of the necessary heating and cooling for the various heat exchangers as well as
the electricity for pumps and compressors. These were determined from the HYSYS simulation and Aspen Energy Analyzer. The total variable costs are about $239
million/year. Variable profits come from the sale of products, which are methane, ethylene, propane, NGLs, and hydrogen. Prices for these products were determined from
current market values and trends (EIA)(Index Mundi)(EIA-NYMEX)(Platts Global Petrochemical Index)(HES Hydrogen RSS). The total profit from the sales of all the
product streams is $328 million annually.

The fixed costs of the process include costs of operation, administration, supplies, maintenance, and other miscellaneous expenses such as insurance and taxes. To calculate
operating costs, it was assumed that the there would be 12 people per shift, with 4 shifts, and that each operator makes $75,000/yr. This assumption was made because it
allows approximately one operator per major piece of equipment. The remaining fixed costs were estimated as a certain percentage of this total operating costs
(Northwestern University ChE 351 notes). The total fixed costs sum to be about $10.5 million/year. The breakdown of the fixed costs and the assumptions made for each
calculation are shown in Table E.3 of the appendix.
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Overall Economic Feasibility

A 10-year net present value (NPV) was calculated. The following assumptions were made for the NPV calculation: depreciation was calculated as 10-year straight line
depreciation, a 35% corporate tax rate, and a 10% time discount rate. The 10 year NPV is $547 million. Additionally, the project has a payback period of 3 years and an
internal rate of return (IRR) of 72%. The full NPV calculation spreadsheet can be found in Appendix E. All of these economic indicators are good, which indicate that the
project should be pursued.

Sensitivity Analysis

A basic sensitivity analysis was conducted by changing the cost of several key parameters and evaluating the change in the 10 year NPV. Six parameters were evaluated and
the results are displayed in Figure 3. The parameter with the largest effect is the price at which ethylene can be sold. This is reasonable, as ethylene is the most valuable
product. From this, it can also be inferred that changing pricing in the other products will have less of an effect than ethylene price. Two inlet prices were analyzed: shale gas
and hydrogen. Shale gas had very little effect, however, this is likely because the current price of shale gas is extremely low, so much so that even when it is doubled it
remains very low. Shale gas has the potential to increase well beyond doubling, which could have a larger effect on NPV. Hydrogen was analyzed because it is the largest
fraction of inlet costs. As seen, this has a bigger effect than the price of shale gas. Capital cost was evaluated because it is among the most uncertain of all the economic
components calculated. However, even when doubled, the NPV remains positive. Changing waste treatment cost and utility costs were also evaluated as these are dictated
by companies outside of the plant’s control and could feasibly change. Note that for all parameters evaluated, the NPV remains positive, which provides a good outlook for
the project.

Sensitivity Analysis

Capital Cost e ., = Doubled
= Halved

Shale Gas Price S8 5o

Ethylens Price 02 _— 1457
’ L
Utility Cost 244 A———
Waste Treatment Cost 424 _- 608
Hydrogen Cost 364 N o 638
0 200 400 600 800 1000 1200 1400 1600

10 Year NPV (Million dollars)

Figure 3: Sensitivity Analysis

Conclusion and Recommendations

The project is very viable from an economics standpoint as determined by all three common economic measures calculated (NPV, IRR, and payback period). However, this
report has not addressed safety, health, and environmental concerns. Before the project proceeds, these should be analyzed. Of particular concern is the operating
temperatures of the cryogenic distillation columns. The coolers of the demethanizer, methane/H2 splitter, and ethylene splitter are all around or below -100C. While
theoretically feasible to operate an exchanger at these temperatures using special cryogenic refrigerants, it is difficult and could pose a safety hazard. Therefore, we
recommend that a thorough safety analysis be conducted before proceeding. Additionally, the profitability of this process is highly contingent on the price of ethylene, which
has plummeted recently. Thus, conducting a thorough market analysis on the future price of ethylene is advised.
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Appendices

Appendix A: Shale Gas Composition

Barnett Shale, Newark East Field, Caswell 1
N2 1.9 3 10.62
02 0.25 n-C4 44
co2 0.66 i-C4 2.6
H2 0.07 n-C5 1.02
Cl 6061 i-C5 13
C2 16.56

Table A.1: Barnett Shale Gas Composition

Appendix B: Process Flow Diagram
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Figure B.1: PFD

Appendix C: HYSYS Diagram
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Figure C.1: Main Flowsheet
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Figure C.2: Sub-Flowsheet
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Appendix D: Equipment List

Shale Gas to Ethylene (G2) - processdesign

Number| Reflux (Condenser| Reboiler [Condenser{Reboiler| Condenser | Reboiler

of Trays| Ratio |Temp (C) [Temp (C)| P (kPa) | P (kPa) | Duty (kJ/h) Duty (kJ/h)
Q-100 3 2 379 1059 117 125 4 20E+08 | 3.10E+08
T-101 3 1 9423 120.8 182 193 5.80E+05 | 1.30E+07
T-103 5 5 1312 3397 300 330 5.70E+07 | 9.00E+07
T-104 10 g -93.03 4771 5350 5450 2 30E+08 | 2 40E+08
T-105 10 5429 -194.3 -80.21 4688 4757 7.70E+07 | 6.30E+07
T-106 14 4 10.6 119 3600 3800 130E+08 | 150E+08
T-107 13 5 30.1 898 1100 1200 5. 10E+07 | 4 T0E+07
T-108| 36 25 -89.6 22.96 3500 4600 2.70E+08 | 2.70E+08

Table D.1: Distillation Columns Data

Number of | Temp-Top of | Temp-Bottom [P - Top of column| P - Bottom of
Trays Column (C) |of Column (C) (kPa) column (kPa)
T-100 13 5547 48.57 6700 6800
T-102 5 57.14 56.58 6550 6650
Table D.2: Absorbers Data
“Pressure Pressure Drop Temp (C)
(kPa) (kPa)
F-100 6102 3447 -11.3
Table D.3: Separator Data
Pressure| Temp Duty Acetylene | Ethyvlene
(kPa) (C) (kJ/h) | Conversion |Conversion
R-100 | 65526 | 16.59 -100 90% 5%
Pressure| Temp Duty Rxn 1 Rxn 2 Rin3 | Rxn4 | Rxn 5
(kPa) (C) (kJ/h)
R-101 | 296.55 825 1.21E+08 56.49% 7.58E-03 |1.11E+04]93.26% |3.67E-02
Table D.4: Reactor Data
Power (KW)
P-100 77.02
P-101 86.35
C-100 172
C-101 237.75
C-102 24871.85
C-103 9917.59

Table D.5: Pumps, Expanders,
Compressors Data

Pressure Drop (kPa)
VLV-100 6597
VLV-101 6250
VLV-102 3984
VLV-103 2462.1
VLV-104 2500
VLV-105 4196.6
VLV-106 1550
VLV-107 5237

Table D.6: Valve Data
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Duty (kJ/h)

E-102 7.86E+06

E-103 1.30E+07

E-106 -3 42E+07

E-107 1.63E+07

E-108 3.98E+06

E-113 1.24E+07

E-118 §.02E+07

E-121 2.61E+08

E-122 1.31E+08

E-125 1.03E+08

E-126 -9.24E+05

Table D.7: Heater and
Condensers Data

Name of Heat Exchanger|Type of Heat Exchanger|Area (m"2)|
E-100 Reboiler 17.50
E-101 Condenser 26.70
E-102 Cooler 403.6
E-103 Heater 68.00
E-104 Condenser 1423
E-105 Reboiler 388.0
E-106 Heater 7098.0
E-107 Cooler 1257
E-108 Cooler 207.8
E-109 Condenser 7015
E-110 Reboiler 688. 9
E-111 Condenser 1873
E-112 Reboiler 42.99
E-113 Heater 159.0
E-114 Condenser 1485
E-115 Reboiler 603.0
E-116 Condenser 1313
E-117 Reboiler 245.0
E-118 Cooler 1,206
E-119 Condenser 2331
E-120 Reboiler 459.0
E-121 Heater 10,035
E-122 Cooler 1411
E-123 Condenser 1218
E-124 Reboiler 670.0
E-125 Cooler 2,629
E-126 Cooler 4.510

Table D.8: Heat Exchanger Area

Appendix E: Economic Analysis

Breakdown of Capital Costs

Total Cost of Absorbers

$2.731.101.75

Total Cost of Distillation Columns

$39.066.481.37

Total Cost of Reactors and Separators

$15.413.299.16

Total Cost of Mixers. Pumps and
Compressors

$7.691.058.97

Total Cost of Coolers

and Heaters

$17.825.520.85

Total Cost of Heads

for Vessels

$8.953.671.05

Miscellaneous

Costs

$18.336.226.63

Total Cost without CEPCI

§110.017.359.78

Total Costs IncoRporating CEPCI

5119.741.168.46

Table E.1: Capital Costs
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Flow rate  |Profit Annual Cost Flow rate  |Profit Annual
(units/hr)  |($/unit) (millions) (unitsihr)  |($/unit) Profit
(millions)
Inlets (basis Products
(basis)
Shale Gas  [1.26E+08  |-3.00E-06  [3.31E+00 |Methane 3.10E+02  [290E+00  [7.B7E+00
(BTU) (BTU/hr)
ITEG (ka) B.00E+01  [-2.21E+00 [1.55E+00 ([Ethylene (kg)[2.66E+04  [9.78E-01 2 28E+02
Hydrogen 141E+03 |3.70E+00 |4.57E+01 |Propane 1.67E+04  [5.90E-01 8.62E+01
(kag) (gal'hr, liquid)
Water (kg) [1.77E+04  |B.00E-D4  |1.24E-01  |NGLs 3.62E+07  [5.69E-06 4. 30E+00
(BTU/hr)
Waste - -3.07E+01  |Hydrogen  [4.16E+04  [5.00E-03 1.82E+00
Streams (I/hr)
Utilities - -1.6TE+02
[Total costs |-2.39E+02 ITotal profit [3.28E+02

Table E.2: Variable Costs

Cost

Assumptions

Annual cost

Operating

12 people per shift, 4 shifts, 5750007y

$3,600.000.00

Non op labor

68% of operating costs

$2,443.000.00

Supplies 30% of operating costs $1.080,000.00

Admin 90% of operating costs $3,240,000.00
Maintenance 6% of capital costs $82,140.38
Misc 2% of capital costs $27.380.13

Total fixed costs

$10,477,520.51

Table E.3: Fixed Costs

Gross Taxable Taxes | Cash Discounted
Year | Costs |Revenues | Profit | Depreciation | Income Paid Flow Cash Flow
0 [-3119.74| $0.00 -5119.74 $0.00 $0.00 |-3119.74| -$119.74
1 |-$167.68| $328.06 | $160.39 $11.97 $148.41 $51.94 | §108.44 $98.58
2 |-§167.68 | $328.06 | $160.39 §11.97 5148.41 $51.94 | §108.44 $89.62
3 [-$167.68| $328.06 | $160.39 $11.97 $148.41 $51.94 | $108.44 $81.47
4 |-B167.68 | $328.06 | $160.39 $11.97 F148.41 $51.94 | $108.44 $74.07
5 [-$167.68| $328.06 | $160.39 $11.97 $148.41 $51.94 | §108.44 $67.33
6 |-$167.68 | $328.06 | $160.3% $11.97 $148.41 $51.94 | §108.44 $61.21
7 |-3167.68 | $328.06 | $160.39 §11.97 5148.41 $51.94 | §108.44 $55.65
8 [-$167.68| $328.06 | $160.39 $11.97 $148.41 $51.94 | $108.44 $50.59
9 [-$167.68| $328.06 | $160.39 $11.97 $148.41 $51.94 | $108.44 545,99
10 |-$167.68 | $328.06 | $160.39 $11.97 $148.41 $51.94 | $108.44 $41.81
NPV $546.59

Table E.4: NPV calculations
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